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Previous current efficiency models of the rate of aluminium production in Hall-Heroult cells are
briefly summarized. A description and discussion of the cathode processes are given, and rate limiting
steps are evaluated under the assumption of no concentration gradients in the bulk electrolyte phase
during electrolysis. An electrochemical current efficiency model is derived from selected rate deter-
mining steps. The model expresses the local current efficiency in terms of the local partial current
density for the aluminium deposition reaction and the local partial current density for all cathodic
loss reactions. The model equations are valid both for laboratory and for commercial cells and inde-
pendent of whether or not electrolyte impurities are involved in cyclic redox reactions. The necessary
precautions to study the parameters affecting current efficiency both in commerical and in laboratory

cells are outlined.

List of symbols

a; activity of component i/ in bulk of electro-
Iyte

a;« activity of component i at the interface

Cm modified concentration of NaF, ¢, =
(1.030 — 5.397 x 107*T) (oxnar — 0.35)%4%

D, diffusion coefficient of component i
(cm2 s7h

F Faraday constant (Cmol )

il local current density for the aluminium
deposition reaction (A cm™?)

Hoss local current density for all cathodic side
reactions (A cm™2)

ise local current density due to short circuits
and dispersion of metal (A cm )

iy local cathodic current density (A cm™2)

J; local mass flux density of component i

(mol cm ™2 s_l)

constant, Equation 25

k; local mass transfer coefficient for compo-
nent i (cms )

1. Introduction

The main overall cell reaction in commercial alumi-
nium electrolysis cells is

3 3
Al,O3 is dissolved in liquid NazAlFs containing

excess AlF;, CaF, and in some cases MgF, and LiF.
A consumable carbon anode liberates CO, with an
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Konix local mixed mass transfer coefficient (or
standard rate constant) (molcm™2s™")

n; number of moles of component i in a
given volume element (mol cm™)

Vv integral molar volume (cm’ mol™!)

wt % Add weight percent additive to the NaF—AlF;
melt

X coordinate axis (cm)

X; molar fraction of component i (in the
NaF-AlF; system)

¥ empirical sodium activity exponent

Greek letters

o Ratio between real sodium activity in
bulk electrolyte and the corresponding
activity when equilibrated with liquid Al
of unit activity, o = (aNa buik)/ (@na,eq)

€ local current efficiency for the aluminium
deposition reaction (%)

n concentration overpotential/polarization
V)

anodic current efficiency close to 100%. The cathodic
current efficiency (CE), referred to the production of
aluminium, normally varies in the range 85-96% in
commercial cells. Considerable work has been carried
out in order to clarify the influence of various para-
meters on CE both in commercial and in laboratory
cells. Literature reviews and surveys of results have
been given by Grjotheim et al. [1, 2] and Kvande [3].

CE models are essentially of two main categories: (i)
Empirical models based on measurements of CE in
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commercial cells [4—6], and (ii) models based more or
less on theory of mass transport coupled to electro-
chemical and chemical reactions [7—13]. In the follow-
ing both empirical models and some theoretical models
are briefly reviewed.

The present paper discusses primary and secondary
overall electrode reactions, including mass transfer
processes. It is proposed that electrolyte impurities
are involved in cyclic redox reactions leading to loss
in current efficiency with respect to aluminium. Rate
limiting steps are isolated and used to develop a
current efficiency model.

1.1. Empirical models

Berge et al. [4] have derived an empirical equation for
CE as a function of temperature, excess AiF;, metal
height and cell age. The equation is based on CE
measurements using radioactive gold tracer on 34 cells
in a 135kA line with prebaked anodes. The derived
model equation is probably not generally valid for
all types of commercial cells, but specific for the given
cells design and operation.

Dewing [5] has derived an empirical equation for
CE as a function of superheat, excess AlF;, LiF and
a constant term dependent on cell design. No effect
of CaF, on CE was found. Dewing discussed probable
mechanisms for the loss process and concluded, in
agreement with previous work, that loss of CE most
probably is controlled by mass transfer of dissolved
metal in the cathode boundary layer.

Knapp [6] made a simple CE equation to predict the
benefits achieved after a technical upgrade program
carried out for two potlines. The parameters included
in the CE equation are temperature, amperage and
bath/metal interfacial area. The temperature of com-
mercial cells is, of course, linked to bath chemistry,
so that electrolyte composition is indirectly incorpo-
rated in the model. The model seems to be in reason-
able agreement with observed changes in CE for the
potlines in question.

CE models based on plant measurements and
regression analysis may give good models for the
cells in question and for the specific analysis period.
Methods usually employed in such studies are short
term analysis of anode gas composition (CO/CO;),
or by longer term time change of some metal phase
tracer concentration. These methods all have their
weaknesses when it comes to accuracy. In addition it
is difficult in such studies to isolate certain variables
like current density and mass transfer coefficients,
believed to be important parameters in the derivation
of a more generally valid CE model.

1.2. Theoretical models

Robl et al. [7] presented a rather general model for the
loss or recombination process in which CE was
directly calculated in terms of geometrical and operat-
ing factors such as anode-to-metal spacing, electrolyte
temperature and composition. It was claimed that

hydrodynamic parameters supply the ‘missing link’
which can explain the large range of correlation data
reported in the literature. Haupin [14] has discussed
the model equations in some detail.

Lillebuen e al. [8] described the rate of metal loss in
terms of mass transport theory assuming the rate
determining step to be dissolution of ‘aluminium’.
The process model is based on reaction between dis-
solved ‘aluminium’ and dissolved carbon dioxide.
The model predicts changes in CE for variations in
metal/electrolyte interfacial area, interelectrode dis-
tance, ‘metal’ solubility and interfacial velocity. The
model is based on the assumption of a first order
dependence of the CE loss with ‘metal’ solubility,
expressed as a weight percentage of aluminium.

Peterson and Wang [9] coupled results from the
metal solubility study of Wang et al. [15] with the
model of Lillebuen et al. [8] to predict CE for some
industrial cells. The study indicated that NaF/AlF;
ratio and bath temperature are major variables influ-
encing cell current efficiency. Peterson and Wang [9]
calculated a dependence of CE on ratio at constant
superheat of roughly —2.3% per 0.1 increase in
NaF/AlF; molar ratio, which is three times higher
than reported by Dewing [5] and Burck and Fern
[16] under similar conditions in commercial cells.
The temperature dependence of CE calculated by
Peterson and Wang is roughly 50% higher than
reported in the review given by Kvande [3]. The
main reason for these large discrepancies is that the
aluminium solubility data [15] applied by Peterson
and Wang increase considerably more with tempera-
ture and NaF/AIF; ratio than corresponding solubi-
lity data from other sources [17-19].

Evans et al. [10] assumed the rate determining step
in the loss process to be transport of dissolved metal
through a concentration boundary layer at the
metal/electrolyte interface. The equation for the rate
of mass transfer includes the diffusion coefficient of
dissolved metal, the bath density, the bath/metal sur-
face tension, the turbulent kinetic energy due to the
electromagnetic force field, the aluminium surface
area and the solubility limit of dissoived ‘metal’. The
model does not account for the effect of possible gas
induced turbulence in the bath.

Haarberg et al. [11, 12] have derived equations
describing the influence of electronic conductivity on
CE. For a cathode boundary layer thickness in the
range 0.01 to 0.1 cm the calculated loss in CE amounted
to about 7% in a melt consisting of NazAlFy saturated
with alumina at 1000 °C [11]. The calculated loss in CE
ranged from 2% to about 15% at 1000 °C for various
specified conditions [12], indicating that the greater
part of the loss in CE of commercial cells can be related
to electronic conductivity.

Sterten [13] presented a model where the local
current efficiency, ¢, was defined by the following
equation:

€= 100i Al ( 2)

- (iAl + iloss + iso)
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where iy is the local partial current density of
aluminium deposition, and #. is the local partial
current density of all cathodic side reactions, while
i represents other losses due to local short circuits,
dispersion of metal, etc. The sum (ig; + foes + fsc)
is, by definition, equal to the local cathodic
current density, i.. The partial current densities,
ia) and 7, were modelled, the result being discussed
below.

Current efficiency depends strongly on the cathode
current density [13, 20, 21]. In fact, CE approaches
zero and becomes negative [13, 22] when the current
density approaches zero. The reason is that the rate
of the aluminium deposition reaction decreases to
lower values than the rate of the aluminium dissolu-
tion reaction or the rate of formation of dissolved
‘metal’. This is in agreement with the fact that there
is a continuous loss of aluminium from the metal
phase when exposed to a cryolitic melt in a laboratory
cell, and zero current. The local cathodic current
density and, hence, CE are a function of time and
space in commercial cells, related to cell operations
like anode replacement, alumina feed procedures
and other transient changes in electrolyte temperature
and composition.

An apparent weakness of most of the models dis-
cussed above is that the influence of the cathodic
current density on CE is not included. Some of the
models [7-10] have a fixed equilibrium concentra-
tion of dissolved ‘aluminium’ independent of cur-
rent densjty included in the model equations. As
discussed below, this is an oversimplification which
my lead to serious errors in calculated values for
CE. The mass transfer coefficient introduced into
the model equations is usually referred to weight
percentage of dissolved ‘aluminium’ as the con-
centration measure. The coefficient defined this
way may exhibit a considerable melt composition
dependence.

A sound basis for developing a CE model for alumi-
nium electrolysis cells is a detailed understanding and
description of the cathode processes, including rate
limiting steps both for the aluminium production pro-
cess and for parallel processes giving rise to loss of
CE. Such a description was given in a recent paper
[23]. A short summary of the main process steps is
reviewed below as a basis for the development of
model equations.

2. The cathode processes and rate limiting steps

It is assumed that there are negligible concentration
gradients in the bulk of the electrolyte phase. An
impurity level of the same order of magnitude as in
commercial aluminium electrolysis cells is assumed
in the electrolyte phase.

2.1. Main cathode process

The overall main cathode process at current densities

of industrial importance may be separated into three
steps [23]:

(1) Mass transport of AlF; to the cathode (aluminium)
interface.
(if) The main overall electrode reaction,

AlF; +3Na" + 3¢~ = Al + 3NaF (3)

(iif) Mass transport of NaF away from the cathode
interface. (3Na™® can be considered to be approxi-
mately the charge transferred.)

The rate limiting steps for this cathode process are
the mass transport of AlF; and of NaF in the cathode
boundary layer giving rise to a cathodic concentration
polarization [13].

2.2. Loss process: reactions, mass transfer and rate
limiting steps

The following steps are proposed for the loss process
[23]:

(iv) Cathode side reactions forming reduced entities
(RE), both monovalent aluminium (AlF5),

1., 1 _ 1 1
and sodium dissolved in the electrolyte phase,
Na* +e¢” =Na (5)

Dissolved sodium is, from a structural point of view,
related mainly to localized electrons in the cathode
boundary layer of the electrolyte phase, the formation
of which may tentatively be written [23],

e =¢ (6)
(v) Corresponding main primary anode reaction,
1 5 1 1 _
502 +ZC=ZC02+C (7)

(vi) Mass transport of RE from the cathode (metal)
surface to a reaction plane A located inside the catho-
dic diffusion layer.

(vii) Mass transport of reducible impurities from the
electrolyte bulk phase towards the reaction plane A.
(viii) Reactions between impurities and RE in plane
A, exemplified by

Fe’t + ¢ = Fe?" (8)

(ix) Mass transport of reduced impurity species both
towards the cathode where they are reduced to the
metallic state, and towards the bulk of the electrolyte.
(x) Convective mass transport of reduced impurity
species through the bulk phase to the anode boundary
layer.

(xi) Diffusive transport of reduced impurity species in
the anode gas boundary layer to reaction site B in the
anode/anode gas boundary layer.

(xii) Equilibrium reactions between impurities and
dissolved anode gases in site B, for example,

1 1

1
Fe’* + 5C0, = Fe¥t 5Co +§02~ (9)
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(xiii) Mass transport of oxidized impurities (like Fe'™)
from site B towards the bulk electrolyte phase, where

they are involved in a new cycle, step (vii).

Combination of an arbitrary cathodic side reaction
in step (iv) with all other steps from (v) to (xiii) gives
the overall loss process, corresponding to a consump-
tion of 1 F,

1 co 1 1

When considering the loss process, as for any
chemical or electrochemical process, only rate deter-
mining steps are suitable for modelling. In commercial
Hall-Heroult cells, with rapid convective mass trans-
port in the electrolyte phase, the mass transport steps
(vi) and (vii) in the cathode boundary layer are
assumed to be the most important rate limiting steps
in the loss process. Steps (vii), (ix), (xi) and (xiii),
involving cyclic diffusion of impurities in the bound-
ary layers, will, of course, influence the flux of dis-
solved metal species away from the cathode and, as
such, be partly rate determining for the loss process [23].

Occasionally, the impurity distribution in commer-
cial cells may locally, or generally, depart from the
description given in the reaction sequence above.
Under certain circumstances it is believed that the
bulk electrolyte phase may contain RE, and that the
impurities present are either reduced to low equili-
brium concentrations or to a metallic state [23]. This
reaction scheme is in agreement with the presently
accepted way of expressing the ‘back reaction’, in
the sense that RE are considered to be transported
to the gas/electrolyte interface before being oxidized
either by the anode or by the anode gases. The rate
limiting step suited for modelling is, also in this
case, mass transport of RE through the cathode
boundary layer.

3. Current efficiency model

It follows from the above discussion that it is desirable
to carry out an electrochemical modelling of the main
and secondary cathode reactions. Hence the local
partial cathode current density and the local electrode
overvoltage will be important parameters in the deri-
vation of model equations. Equation 2 is therefore
adopted as an equation defining CE.

3.1. Modelling of the main reaction

As discussed above the rate limiting steps for the pri-
mary cathode process are mass transport of NaF and
AlF; in the cathode boundary layer. The flux densities
are interlinked by the following equation,

(11)

which is approximately valid under steady state con-
ditions. The partial current density for aluminium
deposition may, thus, be written:

ia = Flnar = —3FJarR,

INaF = —3JaIR,

(12)

The flux density equation for NaF in the binary non
ideal NaF—AIF; system, can be expressed by the fol-
lowing equation [13],

XNaF |d1n angp
JnaF = Do — | ——— 13
NaF NaF 7, [ dx L:o (13)
where Dy, is the diffusion coefficient of NaF, an,F is
the activity referred to pure liquid NaF as the stan-
dard state, and xp,p is the molar fraction of NaF in
the binary NaF-AIF; system, given by,

NINaF

— (14)
ANaF + AIR,

XNaF =
where # is the number of moles of NaF and AlF; in a
given volume element. V' in Equation 13 is the corre-
sponding integral molar volume, and x denotes the
coordinate axes directed normally from the metal sur-
face into the melt. The concentration overvoltage, 7,
related to the rate limiting steps for the aluminium
deposition Reaction 3, can be expressed by,

RT. a RT . aaiF:

=" g Nef

—In—2 15
3F aA1F3 ( )

7 F INaF*
The asterisks (*) denote activities at the aluminium/
melt interface, with solid AlF; as the standard state
for dissolved AlF;.

Sterten [13] combined the Equations 12 to 15 in an
empirical manner and arrived at the following equa-
tion for the rate of aluminium deposition,

iAl = FkNach[_l + eXp(—0605 ?’])] (16)

where kyn,r is the mass transfer coefficient for NaF in
the cathode boundary layer and ¢,, (molem™) is a
modified concentration of NaF given by

em = (1.030 = 5.397 x 107*T) (xxap — 0.35)%4%
(17)
which reflects the variations in the ‘effective’ NaF-
concentration when the electrolyte composition is
changed.

Equation 16 and 17 are strictly valid only for NaF—
AlF; melts. This means that increasing concentrations
of additives like Al;O; and CaF, may give increasing
errors in ¢, the magnitude of which needs to be
checked experimentally.

3.2. Modelling of the loss process

The electrochemical side Reactions 4, 5 and 6 and the
subsequent rate limiting step (vi) discussed above are
used to model the loss process. However, at present
it is impossible to determine all individual current
densities of reduced species (AIF5, Na and or ¢') in
the cathode boundary layer. The individual gradients
of the reduced entities are interlinked by internal
homogeneous equilibria such as

2Na + AlF; = NaAIF, + NaF (18)

and equilibria involving dissolved Na and ¢’. The true
nature of ¢ cannot be accurately specified, but the
concentration must be a function of the sodium
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activity. This means that all reduced entities establish
concentration profiles in the cathode boundary layer
interlinked to the sodium activity profile. The partial
current density of all side reactions, i, may,
therefore, tentatively be described by the empirical
relationship,

floss = kaix(al{la* - a{la,bulk) (19)
where the activity terms reflect an overall driving force
for the loss process. kp;, is a mixed mass transfer coef-
ficient (or a mixed standard rate constant) defined by
this equation. The coefficient may be roughly indepen-
dent of melt composition, although this needs to be
experimentally clarified. The exponent y may depend
on melt composition and the numerical value is not
easily predicted from theoretical considerations. This
means that y, as a function of melt composition, needs
to be experimentally determined. Equation 19 is
generally valid, in the sense that the bulk phase may
contain RE, giving rise to a certain activity of sodium
in the bulk phase, an,, buk- This activity may be related
to the fraction, «, as follows:

aNa, bul
o = Na, ulk (20)
aNa,eq
where the equilibrium activity, ana e, can be

computed from the equilibrium constant for the
reaction,

3NaF + Al = AIF; + 3Na (1)

with bulk phase activities of NaF and AlF; and a
hypothetical unit activity of Al

Equation 15, describing concentration overvoltage
for the aluminium deposition Reaction 3, may be
combined with the expression for the equilibrium
constant for Reaction 21, yielding the following
relationship between sodium activities and over-
voltage,

RT
Ma1 = —-In [a—Nﬁ} (22)

INa*

Combination of Equations 19, 20 and 22 gives
: —Fny
Yosgs — kaixal)\}a’eq [-O&y + eXp <_R—T‘>:| (23)

as the basic equation for current loss in aluminium
electrolysis cells. It should be emphasised that the
influence of ¢’ on current loss is included in Equation
23.

3.3 Activity of sodium in the electrolyte

From activity data for NaF and AlF; [24] and values
for the standard Gibbs energy change [25] for Reac-
tion 21, the equilibrium activity of sodium, aNa, eq>
may be calculated as a function of the temperature
and the mole fraction of NaF in the binary NaF-
AlF; system. The calculated activities of sodium,
with a standard state pressure of 1 bar, were fitted to

the following empirical equation,
aNa, eq(binarY) =

—50498 + 44000 xp,5)
T

exp [50.633 + (

99+ 35x§1ap)} (24

XNaF

valid in the temperature range from the liquidus
surface of the system and to about 1300 K.

The points in Fig. 1 show calculated activities of
sodium as a function of NaF/AlF; molar ratio for
three different temperatures, in good agreement with
the full drawn lines from Equation 24.

Other components in the electrolyte will have the
effect of altering the equilibrium activity of sodium,
either through acid/base behaviour of the third com-
ponent, or through a purely dilutive effect. The
activity of sodium in a system containing one or
more components in addition to NaF and AlF;,
may tentatively and approximately be described by
the empirical relation,

) wt % Add
ONa,eq = Na eq(binary) x exp [Z <~KZTd—>]

(25)

where the term ay, oq(binary) can be calculated from
Equation 24. K 44 is assumed to be a constant charac-
teristic of the influence of the additive (wt % Add) on
the activity of sodium. The activity was derived as a
function of alumina concentration using the activity
data of Sterten and Me=land [24], while the activity
as a function of the concentration of CaF, was
derived from data given by @degird [26]. The

0.11
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F 005
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0.01

01
1 1.5 2 25 3 3.
NaF/AIF3 molar ratio

Fig. 1. Calculated equilibrium activities of sodium at 1200, 1253
and 1300K as a function of the NaF/AIF; molar ratio, in the
NaF-AlF;-Al system. Points: activities from thermodynamic
data [24, 25]. Lines: activities from Equation 24 (see text). Tempera-
tures: ([7) 1200, (A) 1253 and (O) 1300K.
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following empirical relationship was found for the
equilibrium activity of sodium:

ONa,eq = ONa,eq (binarY)

[ wt % CaF, wt % Al,O4
X exp|— +

19 85 (26)
Equation 26 can be expanded to include the influence
of other species (LiF, MgF, etc.) on the equilibrium
activity of sodium. However, the empirical and uncer-
tain nature of Equation 26 must be emphasized. When
improved thermodynamic data are available it may be
necessary to include concentration cross terms in this
equation in order to achieve a satisfactory thermo-
dynamic description of the multicomponent system.

4. Discussion and applications of model equations

Equations 2, 16, 20 and 23 constitute the general CE
model, while 14, 17, 24 and 26 are empirical equations
developed to perform parameter studies based on data
from laboratory and commercial cells.

4.1, Commercial cells

It follows from the above discussion and equations,
that the Jocal CE, ¢, is a function of various para-
meters as indicated by the equation,

€ :f(iAh iloss)

= f(XNaF; XAlF;» X15 X2, - - (27)

where x;,x;,...,x, are wt% additives including
impurities. The parameters knug, kmiz and 7 vary
somewhat from one region to another on the metal
surface in commercial cells, especially in Sederberg
cells, depending on the local cathodic current density
and the local dynamic flow originating from the gas
induced and magneto induced forces in the cells.

In commercial, as well as laboratory, cells it is often
reasonable to assume that « is zero, i.e. that the
concentration of dissolved metal in the bulk of the
electrolyte approaches zero. This assumption simpli-
fies the model equations. However, since there are

) T7 kNaFkaixv 77)

considerable variations in the cathodic current den- '

sity, especially in Sederberg cells it is necessary to
evaluate at least one of the following integrals at a
given time,

A

Iy = J iard4 -(28)
0
A

I]oss = J foss d4 (29)
0

in order to evaluate the overall cell current efficiency.
The sum I, + I, represents the total cell current if
there are no short circuits in the cell. A further treat-
ment of the equations must await an experimental
elucidation of how the parameters knug, kmix and 7
are interlinked with the partial current densities and
the dynamic flow in the cells.

It may be difficult to estimate numerical values for

ic (see Equation 2) in commercial cells. The term
may probably attain a nearly constant value during
stable operation of a given cell.

4.2. Laboratory cells with even current distribution

The CE model should be studied in a laboratory cell
giving a constant and evenly distributed cathodic
current density, i,. Equation 2 may then be rewritten
to yield (i = 0),

€ = 100 (ic - iloss)

I

(30)

By establishing the relationship between i; and 7 in
the cell, and by measuring CE as a function of tem-
perature and melt composition, it is possible under
certain assumption to work out all parameters in the
model equations. In fact CE as a function of indi-
vidual variable parameters like cathodic current
density, temperature, NaF/AlF; ratio, Al,O; concen-
tration and CaF, concentration and certain impurity
concentrations has been studied in a specially
designed laboratory cell. Results from these investiga-
tions will be published in the near future.
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